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Abstract—The coupled processes of heat and mass transfer in film condensation of pure vapours and

binary vapour mixtures in forced flow are investigated experimentally. Single-phase resistances for the

condensate film and for the vapour flow are determined using the temperature at the vapour/liquid interface.

The filmside heat transfer can be represented by identical non-dimensional expressions for pure components

and binary mixtures. Using appropriate correction terms for the coupled mass transfer and the roughness

of the interface, calculations for pure forced convective heat transfer in the vapour phase show good
agreement with the experimental results.

1. INTRODUCTION

FILM CONDENSATION of pure vapours is a purely heat
transport problem within the liquid film. This problem
was first treated by Nusselt [1] for the limiting case of
stagnant vapours. In the case of vapour mixtures the
condensation process is a combined problem includ-
ing coupled heat and mass transfer. In addition to
the heat transport resistance in the liquid film there
appears another resistance in the vapour phase due to
the selectivity of the condensation process. This case
was the subject of the work of Colburn and Drew [2],
who describe the problem on the basis of the film
theory.

In course of condenser design the overall heat trans-
fer resistance has to be calculated. This is usually
done using some combination of two single-phase
resistances. To obtain these, the temperature and com-
position at the vapour/liquid interface must be deter-
mined considering the coupled processes of heat and
mass transfer. The thermodynamic state at the inter-
face is known a priori for only two limiting cases:
condensation in the thermodynamic equilibrium (with
a vanishing rate of condensation) and total con-
densation (with an extremely large rate of con-
densation). The problem of evaluating the interfacial
conditions is further complicated by the motion of
vapour and condensate. Thus heat and mass transfer
in the vapour phase may be enhanced by mutual
effects of vapour and condensate like momentum
transfer, wave formation or entrainment.

There still appear difficulties in calculating such
transfer processes, especially in the case of forced
vapour flow.

During the condensation process the various par-
ameters such as vapour bulk temperature, wall tem-
perature, vapour composition and condensate mass
flux are changing. Therefore only the measurement of
local quantities can be used to verify the results of

different physical models. In the presented study this
concept is followed consequently and the meas-
urement-results may be used as a broad data base on
which calculations can be verified.

2. EXPERIMENTAL SETUP

The experimental setup contains a closed loop in
which vapour and condensate are circulated. Four
additional water loops are used for heating, cooling
and temperature control at the entrance of the test
section. The experiments are carried out using a
vertical test condenser with co-current downward flow
of vapour, condensate and cooling water.

2.1. Test section

The test section (Fig. 1) consists of two concentric
brass tubes with a total length L., of 2.17 m. Inside
diameter and wall thickness of the inner tube are
d =31 mm and s = 9.9 mm, respectively. Both the
inner and outer tube form an annulus which is divided
into two parts by a ring shaped movable piston. The
active length of the condenser is identical with the
water cooled section below the piston whereas con-
densation above the piston is avoided by hot water
circulating in the upper part with a temperature
slightly above vapour inlet temperature. The position
of the piston can be varied in eight steps of 0.25 m in
order to obtain a cooled length in the range
0134 < L <2134 m.

2.2. Measurement technique

The experiments are focused on the direct deter-
mination of local quantities. In order to achieve this,
a cylindrical probe made of stainless steel is installed
near the end of the test section (see Fig. 1). The
probe contains six thermocouples on the inner per-
imeter and three thermocouples on the outer
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NOMENCLATURE
a thermal diffusivity [m?s™ ] @, rate factor, velocity profile
A, B correlation parameters in equation (4) W,  correction factor according to coupled
¢ specific heat capacity [Jkg™' K= heat and mass transfer
d tube diameter [m] Y, correction factor according to
g gravitational acceleration [m s~ 7] vapour/liquid interactions
L active condenser length [m] Q velocity ratio (equation 6).
m,  condensation flux [kg m~?s~ ]
Nu;  Nusselt number of the film, «(v/g) "*/4; .
Nu,  Nusselt number of the vapour, «.d/4, Subscripts
; b bulk
Pr Prandtl number, v/a
q heat flux f[Wm~7] . interfs . liquid
R heat transport resistance [m* K W~ 1] ;n 1n]etr ace vapour/liqui
Re;  Reynolds number of the film, 1,6/v, m m'fh ot t ¢ f
Re,  Reynolds number of the vapour, . With respect to mass transier
- mix  mxture

Re, = udlv, tsid

s wall thickness [m] © outsice
ov overall
T temperature [K]
: o pc phase change

u velocity [m s '] ith ‘L h surf
hi mole fraction (more volatile component) With respect 1o rough surlaces

. with respect to smooth surfaces

in the vapour phase. .

sat  saturation
Greek symbols qu :uselrheatmg
o heat transfer coefficient [W m~> K '] VO ota
0 thickness of condensate film [m] wi vwa[})lo ‘:1 " d
i thermal conductivity [Wm~' K] anmside
. L s 4 wo  wall outside

v kinematic viscosity [m° s~ '] .
. L Iph  single-phase flow
¢ friction factor bt hase f
p density [kg m 7 P wo-phase low.
T shear stress [N m ™7
T* non-dimensional shear stress, t/( gp:8) Superscript
@ rate factor, temperature profile . with respect to coupled mass transfer.

perimeter. This allows the measurement of the local
heat flux. Another thermocouple is located in the axis
of the tube (in the centre of the probe) for measuring
the vapour bulk temperature.

Additional temperature measurements include vap-
our at the inlet and outlet, condensate at the outlet
and temperature rise of the cooling water. All tem-
peratures are measured with calibrated Chromel/
Alumel thermocouples. The mass flux of vapour is
measured with rotameters. The condensate is col-
lected periodically in a calibrated measurement cyl-
inder made of glass to determine the mass flux. The
vapour compositions are measured with a gas chro-
matograph (GC) while the composition of the con-
densate is determined continuously with a refrac-
tometer and checked by analysing liquid samples with
the GC. In addition the pressure in the test section is
measured with a piezoresistive pressure transducer.

2.3. Test fluids and experimental parameters
As test fluids the two refrigerants R11 (trichloro-
fluoromethane CCl,F) and R113  (trichloro-

trifluoroethane C,C1,F ;) are investigated. The physi-
cal properties of the pure substances were used
according to the manufacturer’s informations [3, 4].
The binary mixture R11/R113 shows ideal mixing
behaviour [5]. In lack of measurements the properties
of the mixture were calculated following the rec-
ommendations in literature [6].

During the experiments the following parameters
were varied systematically :

¢ active condenser length
(4 stepswith L = 0.6;1.1;1.6; 2.1 m)
e temperature difference between vapour and
cooling water (inlet)
(AT =7 and 14 K)

e Reynolds number of the vapour (inlet)

(Re,;, = 60000, 140 000, 170 000}
e mole fraction of R11 in the vapour phase (inlet)

(¥n=10,0.1,0.3,0.5,0.7, 0.9, 1.0).

This set of parameters allows for local heat fluxes
at the bottom of the test section of 2600 < ¢ < 8100
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FiG. 1. Test section.

W m ™~ 2and film Reynolds numbers of 20 < Re; < 200
which is in the laminar and laminar-wavy flow regime.

3. EVALUATION

The temperature profile in a cross-section of the
condenser is used to give exact definitions of the
different heat transfer coefficients (see Fig. 2). First
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—
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- - -\
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temperature ——>
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2. Temperature distribution in condensation of pure
vapours and binary vapour mixtures.

FiG.

the temperature profile for condensation of pure
vapours is explained to emphasize the differences con-
cerning the more complicated case in condensation of
binary vapour mixtures.

At constant pressure a condensing pure vapour has
a fixed temperature, i.e. the saturation temperature.
If the inlet vapour flow is superheated a temperature
profile is obtained between T in the bulk and T, at
the interface. This temperature difference is reduced
throughout the condenser and can wusually be
neglected. The corresponding heat flux from super-
heating (g.,,) is smaller by orders of magnitude than
the heat flux arising at the vapour/liquid interface due
to the phase change (g,.). As a result only a single
heat transfer resistance in the liquid film has to be
regarded. This is the case treated by Nusselt [1]. The
most important difference between condensation of
pure vapours and vapour mixtures is the existence of
an additional heat transfer resistance in the latter case.
This resistance is a consequence of the preferred con-
densation of the less volatile component. In the same
manner as the concentration of the less volatile com-
ponent decreases within a small vapour layer adjacent
to the liquid film, the saturation temperature of the
vapour mixture also decreases. This temperature pro-
file is maintained throughout the condenser, since it
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is a consequence of the condensation process itself. In
the case of mixtures there may also be an additional
temperature drop due to superheating of the vapour.
Regarding the heat fluxes, still most of the total heat
flux is arising at the interface g,., again supplemented
by a small amount of g,,,, but there remains an
additional heat flux ¢, from the temperature drop in
the vapour layer, even if the vapour bulk is at satu-
ration state. These facts have to be considered in
defining heat transfer coefficients.

The temperature of the vapour/liquid interface T;
is the key for an evaluation of separate heat transfer
coeflicients in vapour and liquid phase. No technique
is available for the direct measurement of this tem-
perature with sufficient accuracy. Therefore T, has to
be determined from other directly measured quantities
by applying certain assumptions, e.g. concerning the
concentration profile inside the condensate film. For
the present evaluation two assumptions were made:
(i) a completely mixed film with (ii) thermodynamic
equilibrium at the interface. T; is evaluated from the
measured condensate composition using the vapour/
liquid phase equilibrium given by [5].

The maximum error caused by the first assumption
(i) (the latter assumption (ii) is very common) was
estimated in simulation calculations supposing the
contrary behaviour of a completely unmixed, i.e.
stratified, film as a limiting case. The error is domi-
nated by the selectivity of the condensation process
(difference in composition of vapour and condensate)
and the extent of the condensation process (ratio of
mass fluxes of condensate and vapour at the outlet).
For the range of parameters investigated here the
maximum error is 0.8 K, the minimum error is
0.01 K. It must be emphasized that these calculated
errors are upper limits of the actual error due to the
unrealistic assumption of an unmixed film. The
measurement technique used here leads to a maximum
additional error of 0.15 K. The results of the cal-
culations may be used to define limiting ranges in
which the maximum error of 7T; is small.

For the definition of the following heat transfer
coefficients the superheating of vapour is neglected
(T, = Tyt = Gy = 0).

(i) The overall heat transfer coefficient defined by

_ qlﬂl

= la
a(“ 711” - TWI ( )
resulting in the overall resistance
1 Toi— Ty
Ry=_—= "> (1b)
aOV ql()[

summarizes the resistances in the condensate film
(filmside resistance) and the vapour phase (vapour-
side resistance). There is no direct physical meaning
since the total heat flux is related to a temperature
difference, which is not the driving potential for this
flux (the phase change at the interface acts as a heat
source). As already mentioned it is necessary to split
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this overall heat transport resistance into single-phase
resistances.

(ii) The heat transfer coeflicient for the condensate
film 1s

1 4

"TROT-T,

(2)
this equals «,, in the case of a pure condensing vapour
(with T, = T,,). For mixtures the ratio /o, is a
quantity for the portion of the driving potential across
the film (T;—T,;) compared to the total potential
(T,,.— T.,;) or in other words the fraction of the overall
resistance which is caused by the condensate film. In
all experiments reported here the reduction of a,, in
the case of vapour mixtures compared to «; does not
exceed 30%, i.e. the filmside resistance causes at least
70% of the overall resistance.

For the flow conditions investigated here (turbulent
vapour flow—laminar film flow) the domination of
the film resistance will continue to exist even in the
case of other mixtures with a greater difference in
boiling temperatures. Therefore the disadvantageous
influence of an additional vapourside resistance is not
so pronounced.

(iil) Finally the vapourside heat transfer coefficient
is expressed as

1 Gmix

= e mm e 3

a" Rv Tsl!l - 7—'1 ( )

Using the different heat transfer coefficients,
Nusselt numbers can be defined similarly.

4. RESULTS AND DISCUSSION

4.1. Heat transfer—condensate film

Pure vapours. Figure 3 shows the results for both
investigated fluids. The Nusselt number Nu, for the
film is plotted versus the film Reynolds number Re;in
double logarithmic scale for three different vapour
Reynolds numbers Re, ;, at the inlet.

The results for both fluids compare within +10%
for a given Reynolds number Re,;, with a mean devi-
ation of 4% . The data of both fluids (R113, R11) can
be correlated by

Nug = A*Re{ (A, B = f(Re,;n)). “)

The parameters 4 and B obtained by r.m.s. fit of
cquation (4) are listed in Table 1. The respective
curves are given in Fig. 3 as dashed and dashed—dotted
lines.

For comparison Fig. 3 includes two solid lines, one
calculated from Nusselt’s theory [1] and another from
the empirical correlation by Dialer [7] regarding the
waviness of the liquid film. Both are valid for stagnant
vapour. The experimental results for the lowest
Reynolds number (Re,;, = 60000) agree very well
with Dialer’s correlation. This can be explained if the
non-dimensional shear stress t* at the vapour/liquid
interface is considered. The shear stress t* is the ratio
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F1G. 3. Correlation of the Nusselt number Nu; with the Reynolds number of the film for pure vapours of
R11 and R113 (t* non-dimensional shear stress).

of the friction force at the interface due to the vapour
flow and the gravity force of the liquid film. The
calculation of t* for vertical annular flow is based on
the model of Asali e al. [8] using the modifications
presented in ref. [9]. For the lowest Re,;, number
* = 0.07 which is close to zero. Thus the film thick-
ness (i.e. the heat transfer resistance) is governed by
gravity and the thinning effect due to the shear stress
vanishes. The thinning effect of the shear stress, on
the other hand, becomes more pronounced when the
Re, number is increased. This yields a strong enhance-
ment of the Nu; number at a given Re; number. The
fitted curves are shifted almost in parallel.

Vapour mixtures. In the case of vapour mixtures
two heat transfer coefficients (o; and «,) have to be
considered. For the evaluation of the respective
Nusselt and Reynolds numbers (Nu;, Nu,, Re;, Re,)
the physical properties of the actual mixture are
required. The filmside results are plotted in Fig. 4 for
various vapour mixtures. A detailed evaluation of
the experimental error is used to include only those
measurements with a tolerable accuracy. This was
achieved using the sum of the average error (for all
measurements) and the respective standard deviation
as an upper limit.

The scatter of data points is more pronounced than
in the case of pure vapours but nevertheless they can
be represented within +20% (with the exception of
two points) and a mean deviation of 6.6% by the
correlations for pure vapours (see dashed lines as
transferred from Fig. 3).

Table 1. Correlation parameters according to equation (4)

Re, A B
60000 0.6933 —0.2492
140000 0.8360 —0.2326
170000 0.8843 —0.1896

The data in Fig. 4 are obtained for mole fractions of
R11 at the inlet ranging from 0.1 to 0.9. A systematic
distribution of these fractions cannot be observed
which means that there is no effect of composition.
Thus the non-dimensional heat transfer resistance of
a laminar liquid film can be predicted by a unique
expression (equation (4)) for either liquid and liquid
mixture used here (for constant interfacial shear
stress). This has already been mentioned by other
investigators (e.g Onda et al. [10]).

4.2. Heat transfer—vapour phase

The vapourside heat transfer resistance vanishes
for a pure condensing vapour without superheating.
However, it becomes important if the condensation
of a vapour mixture is considered. In this case the heat
transfer is influenced by various physical processes.
The first question is directed to the vapour flow
pattern in the bulk. In all experiments presented,
the vapour flow was highly turbulent with Reynolds
numbers at the outlet of 25000 < Re, < 170000.
Condensation of vapour mixtures is a problem which
involves the coupled transport processes of heat, mass
and momentum. The transport processes may either
be considered to occur within the total vapourside
cross-section, or they may be reduced to the laminar
sublayer as suggested by the so called “film theory’.
In both cases heat transfer is affected by mass and
momentum transfer normal to the vapour main flow,
i.e. in radial direction. Finally there are interactions
between condensate and vapour flow that may
increase the heat transfer due to wave formation, etc.

In the following sections the experimental results
are compared with semi-empirical relations taking
into account these physical processes step by step.
Again the data with a maximum error larger than the
sum of the average error and the respective standard
deviation were excluded.
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Fi1G. 4. Correlation of the Nusselt number Nu; with the Reynolds number of the film for binary mixtures
(yin=0.1;0.3;0.5; 0.7; 0.9 mole fraction R11).

Starting with an appropriate correlation for con-
vective heat transfer in single-phase turbulent flow,
two correction factors (‘¥,,¥,) for the considered
heat transport problem will be derived. Based on the
Prandtl analogy:

1

&
it Rev Prv H‘WT)

- ®)

Nuv.lph =
—with &, as the friction factor calculated for a smooth
tube and Q as the ratio between maximum and average
velocities—Nunner [11] developed a theory for the
prediction of heat transfer in rough tubes (without
superimposed mass transfer).
Nunner’s extension of the Prandtl analogy leads to
the following equation:

i
1+Q(Pr &S —1)

where £, is the fraction factor for rough surfaces and
Qs a velocity ratio that has to be determined exper-
imentally. As shown by Nunner [11] Q is almost inde-
pendent of the roughness. Therefore empirical Q-
correlations determined in smooth tubes may be used
even in the case of rough surfaces.

As a consequence of the velocity difference between
vapour and condensate there arises a shear stress at
the vapour/liquid interface. This shear stress results
in a flow dependent deformation of the film which is
no longer smooth. The friction factor ¢, for the wavy
film exceeds the respective factor &, for a smooth sur-
face and so do the heat and mass transfer coefficients.
As shown by several investigators the individual
characteristics of the roughness are of less importance.
Therefore Nunner’s theory may be used even in the
case of an annular two-phase flow with a wavy, i.e.
rough, condensate film.

The empirical correlation (equation (7)) by
Gnielinski {12], which is an excellent representation

é Re, Pr

Nuv,]ph = 8

®

of experimental results for convective heat transfer in
turbulent flow, is also based on the Prandtl analogy :

Nu, 1on = %(ReV —1000) Pr,[1+ 1/3(d/L)*"]

1
x
1+127JE) (P2 —1)
& = (1.821og Re,—1.64)" 2.

M

This gives rise to the idea of applying the results of
Nunner’s theory to equation (7) where £/8 and
(Pr,—1) are replaced by &/8 and (Pr,&/é—1),
respectively, and maintaining Q.

As an additional effect of the condensation process
the cross-sectional velocity profile is distorted by the
mass transfer. The film theory [13] provides a simple
correlation for the enhancement of the friction factor
due to coupled momentum and mass transfer :

& o,
ér B (I —exp (_(I)v))

The consequent application of these correction factors
leads to the following modification of equation (7):

mCuC

with O, = (8)

T

= (Re, —1000) Pr [1+1/3(d/L)*’]

Nuv.th = 8

!
“TrQer, EE -

(Pri”—1)

&, = (1.82log Re, —1.64) .

&)

This procedure was successfully applied by Numrich
[14] in partial condensation of steam-air mixtures
using a Q-correlation slightly different from equation
).

Comparing equations (7) and (9) a correction
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factor (exclusively for the interaction of vapour flow
and condensate film ) ¥, is defined by the following
equation :

ll}r = Nuv‘th/Nuv.]ph' (10)

From equation (9) it can be concluded that Q is of
minor importance when Pr, is close to unity (for
most gases). In this investigation Pr, is within
0.819 < Pr, < 0.850 with a mean value of Pr, =
0.835. Therefore the ratio &;/¢, is a good approxi-
mation for the correction factor ¥, but nevertheless
the exact value of W, is used throughout this work.

Finally the calculation of the correction factor ¥,
reduces to the problem of correct determination of
the friction factor £, and the shear stress t, for rough
surfaces. Again the model of Asali ez al. [8] using the
modifications presented in ref. [9] is used to calculate
&,. Beside the physical properties, only the Reynolds
numbers Re, and Re, are input parameters for this
model.

In the case of coupled heat and mass transfer there
arises an additional heat transfer mechanism. This
is a consequence of the condensing mass flux which
transports energy from a region with high temperature
(vapour bulk) to a region with low temperature (inter-
face). In the present work the film theory is used to
describe this problem. This leads to simple correction
factors [13] also known as Ackermann correction ¥, :

— q)T
" (I—exp (— @)

It should be emphasized that in agreement with the
assumption of the film theory the enhanced value «, 5,
for heat transfer in two-phase flow (calculated from
equation (9)) has to be used throughout equation
(an.

Thus the correction factor concerning coupled heat
and mass transfer is identical with the Ackermann

. mCC A\
¥ with @ = —2

(11

v, 2ph
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correction ¥, :

lI’m = Nu:,2ph/Nuv,2ph' (12)

In order to get a unified representation of data, the
values of the experimental Nusselt number were
divided by the total correction factor (‘¥,,*¥,). Fol-
lowing the theory derived here, these modified values
labelled as Nu,..q should coincide with the corre-
lation, equation (7), by Gnielinski [12].

The result with ¥, and ¥, ranging from
1.02 < ¥, < 1.40 and 1.08 < W, < 1.53, respectively,
is shown in Figure 5. The corrected data are in agree-
ment with equation (7) within +25% uncertaintly
bounds.

In the case of small Re,, i.c. small heat transfer
coefficients, the influence of coupled heat and mass
transfer is significant but it is also affected by the
condensing mass flux m,. Here ¥, reaches the
maximum value of 1.40. In this region the heat trans-
fer is hardly influenced by the interactions of vapour
and film flow. For those flow conditions the defor-
mation and acceleration of the film due to the shear
stress at the interface is only small. This is in agree-
ment with the experimental results for the condensate
film. For small Re,;, the heat transfer conditions in
the liquid film proved to be very close to the case of
stagnant vapour (see Section 4.1).

In the case of large Re, and large Re; the value of
Y. reaches its maximum of 1.53. Here the influence of
the interaction of vapour and condensate ‘P,
predominates the coupling effect of heat and mass
transfer ¥ ,,.

5. CONCLUSIONS

The non-dimensional representation of the heat
transfer across condensate films can be correlated with
Re;and Re, ;, numbers using identical expressions for

600 I
N o, d 1
Uy,mod
TEEN D eaw,
+25%
400 et
3 ﬂ
z ~ A‘/
3 Eq. (7 T
3z q\(\)ww ° o
ot Al --"77-25%
200 —eT =
6 8. --4
J PP 4 Re,;, = 1.710°
-7 o Reyi = 1.4:10°
m Re,;, = 0.6:10°
—
1.0 1.5 2.0-10°
Re,

F1G. 5. Representation of the experimental data concerning the total correction for coupled heat and mass
transfer and vapour/liquid interactions.
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various fluids and fluid mixtures. This holds even in
the case of turbulent vapour flow. The correlation for
Re, ., = 60000 agress very well with relations from
literature for stagnant vapour. Concerning the exper-
imental values, the increase in vapour mass flux yields
an increase of the interfacial shear stressup tot* ~ 1.3
and by this an enhancement of heat transfer
coefficients up to 60% compared to the case of stag-
nant vapour.

The heat transfer in the vapour phase is influenced
by the actual flow conditions in the vapour bulk, the
superimposed mass transfer and the interaction of
vapour flow and condensate film. Using appropriate
semi-empirical correction factors to describe these
physical processes, the experimental data are pre-
dicted correctly within +25%. In the case of small
Re, the effect of mass transfer on heat transfer is more
pronounced whereas the interaction of vapour and
condensate predominates in the region of large Re,.

For the investigated flow conditions (turbulent
vapour flow—laminar film flow) the film resistance
reaches about 70% of the total resistance. Therefore
the disadvantageous influence of an additional heat
transfer resistance in the case of binary vapour mix-
tures is comparatively small. By increasing the vapour
mass flux both the vapourside and the filmside resist-
ances are reduced and the performance of the con-
denser is improved considerably.
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